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Biogas upgrading for on-board hydrogen production: 
Reforming process CFD modelling 
 
M.R. Hamedi, A. Tsolakis1, C.S. Lau 
School of Mechanical Engineering, University of Birmingham, Birmingham B15 2TT, UK 
 
Abstract 
 
Hydrogen production through fuel reforming can be used to improve IC (internal combustion) 
engines combustion characteristics and to lower vehicle emissions. In this study, a 
computational fluid dynamics (CFD) model based on a detailed kinetic mechanism was 
developed for exhaust gas reforming of biogas to synthetic gas (H2 and CO). In agreement 
with experimental data, the reactor’s physical and chemical performance was investigated at 
various O2/CH4 ratios and gas hourly space velocities (GHSV). The numerical results imply 
that methane reforming reactions are strongly sensitive to O2/CH4 ratio and engine exhaust 
gas temperature. It was also found that increasing GHSV results in lower hydrogen yield; 
since dry and steam reforming reactions are relatively slow and are both dependent on the 
flow residence time. Furthermore, the hot spot effect, which is associated to oxidation 
reforming reactions, was investigated for catalyst activity and durability. 
Keywords: Biogas upgrade; Fuel reforming; Hydrogen; CFD; Reaction kinetics. 
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1. Introduction 
 
Biogas, which is produced through the anaerobic degradation of organic materials, can be 
used to reduce energy related pollution. Biogas typically contains 55-65% methane and 35-
45% carbon dioxide (CO2) and can be produced from different biomass waste and landfill 
materials [1]. Thus biogas has the advantage of being both clean and renewable along with 
an ease of implementation in existing power generating systems and to a less extent in 
transportation [2, 3]. 
 
For automotive applications, biogas fuelled internal combustion (IC) engines can be used; 
however, in addition to challenges associated with on-board storage, they also suffer from 
combustion instability and high unburned methane emissions [4]. Moreover, the CO2 content 
of the biogas, which dilutes the intake charge, limits the engine peak power due to the 
decrease in fuel calorific value. Several studies have reported that the addition of hydrogen 
to the intake mixture is beneficial for IC engines, since it can break the NOx-particulate trade-
off, promote auto-ignition, improve combustion stability and enhance after-treatment systems 
activity [5]. Since storing hydrogen is as yet impractical, attention has been recently given to 
on-board generation of hydrogen using reforming processes such as the exhaust gas 
reforming process proposed here (Fig. 1). 
 
In this process, also known as REGR, exhaust gas heat is utilised to reform a mixture of fuel 
and exhaust gas into synthetic gas (H2 and CO) over a precious metal catalyst. The 
hydrogen enriched gas is then injected into the engine manifold to be mixed with intake air. 
Several studies have proven that REGR improves combustion characteristics and decreases 
particulate and NOx emissions, as well [5, 6]. The inherent complexity of REGR requires 
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appropriate modelling in order to optimise its implementation; this in turn requires a deep 
insight into the chemical and physical behaviour of its processes. 
 
Fuel reforming reactions are complicated and still a matter of debate in the literature. Four 
main global reactions contribute to the catalytic reformation of methane; namely dry 
reforming (DRR, Eq. 1); partial oxidation (POX, Eq. 2); steam reforming (SRR, Eq. 3) and 
water gas shift reaction (WGSR, Eq. 4). Although methane SRR is the most versatile method 
for H2 production, POX offers a promising alternative for automotive applications since its 
exothermic nature provides heat for accelerating other endothermic reactions. Furthermore, 
partial oxidation is a suitable process for small scale applications and allows a compact 
reactor design. On the other hand, in POX reactors, the presence of hot spots near the 
catalyst entrance can considerably affect the catalyst durability [7]. 
 
While the number of global reactions in methane reforming is limited, there are several 
elementary reactions that have to be taken into account for its accurate kinetic modelling. 
According to Dalle Nogare, “Since both exothermic and endothermic reactions are involved, 
a temperature variation does not translate directly to a reactant conversion, and energy and 
mass balance are deeply coupled” [8]. This indicates that computational fluid dynamics 
(CFD) is a valuable tool for reforming process modelling in comparison to plug flow reactor 
(PFR) models, where heat and mass transport is simplified excessively. 
Dry reforming reaction 
CH + CO → 2CO +  2H    
∆H = +260.6 kJ/mol       (1) 
Partial oxidation reforming 
CH + 0.5O → CO + 2H    
∆H = −22.63 kJ/mol      (2) 
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Steam reforming reaction 
CH + HO → CO +  3H      
∆H = +226.8 kJ/mol      (3) 
Water gas shift reaction 
CO + HO → CO + H        
∆H = −33.86 kJ/mol      (4) 
 
To date, most research on methane reforming has been focused on applications related to 
fuel cell and fuel processing for instance Fischer-Tropsch and GTL (gas to liquid). Therefore 
hydrogen purity and optimizing H2/CO ratio were the major parameters to consider [9]. 
However, in REGR there is a major difference which requires further investigation. The 
transient nature of the exhaust gas conditions requires a responsive design for an REGR 
reactor to obtain a satisfactory hydrogen yield. This can be achieved by understanding the 
effect of different key parameters such as O2/CH4 ratio, inlet temperature, etc. 
 
In this study, a three dimensional CFD model for a heterogeneous POX reactor with a 
rhodium catalyst was developed. A detailed kinetic model, proposed by Deutschmann et al. 
was adapted for simulating the reforming surface reactions [10]. The model was validated 
with the experimental results published in our earlier work [11]. The validated model was 
used to investigate the overall performance of biogas reforming at various operating 
conditions. The effect of different O2/CH4 ratios was examined to optimize the exhaust gas 
(as the source of oxygen) contribution in the reactor feed gas. Moreover, the influence of gas 
hourly space velocity (GHSV, Eq. 5) was also investigated in order to study the influence of 
various flow rates on the R-EGR system. Simulated operating conditions are detailed in 
Table 1. 
GHSV
h ! = !"#$%&#'(# )%*# = +##& ,-./ 0)#
*
1234
50)0-6$) 7#& 8.-9*#
*1      (5) 
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2. Methodology 
 
2.1. Reactor geometry and CFD grid 
 
The geometry of the model, which is illustrated schematically in Fig. 2, was created based 
on the monolith reactor used by Lau et al. [11]. The biogas reforming reactor was modelled 
as an isothermal heterogeneous reactor. It consists of two zones which are connected at an 
interface, namely a heat up zone and a monolith zone. The reactant temperature increases 
while passing through the non-reactive heat up zone. Inside the monolith zone reforming 
surface reactions occur with the presence of the rhodium catalyst.  
 
For simulation purposes, only a single quarter of the geometry was modelled assuming 
horizontal and vertical symmetry planes at x=0 and y=0, respectively. The reactor wall is 
considered to be at a constant temperature (isothermal) since it was held within a large tube 
furnace in the experimental study [11]. It should be noted that in the REGR application, the 
reactor would be integrated in a heat exchanger to gain thermal energy from the main 
stream of the engine exhaust gas to accelerate the reforming reactions. The geometry was 
discretized into 25,680 structured hexagonal cells using the sweep method in ANSYS ICEM 
CFD software (ANSYS Inc.). Grid density was increased near the catalyst entrance where 
higher temperature and species gradients exist. To ensure that the results are grid-
independent, the number of elements was increased to 39,462 and a maximum difference of 
0.3% in hydrogen molar concentration was observed. 
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2.2. Governing equations 
 
According to the experiment by Lau et al. [12] the GHSV values were set at 16,500 h-1 and 
25,500 h-1, which corresponds to Reynolds number of approximately Re=72 and Re=111, 
respectively. Therefore the flow was assumed to be laminar and inertial forces were 
neglected. The gas mixture is also assumed to be Newtonian, incompressible and ideal. The 
conservation equations for continuity (Eq. 6), momentum (Eq. 7), energy (Eq. 8) and species 
(Eq. 9) are considered as: 
∇. 
 ;<=  = 0           (6) 
∇. 
 ;<=<=  = −∇> + ?          (7) 
∇. @ <= 
 ;A + > B =  −∇. @∑ ℎE  FEGEH! B + IJ       (8) 
∇. 
 ;<= KE  = −∇.  FLM= + NE + IE         (9) 
 
Radiation heat transfer was neglected because its effect is insignificant at low temperatures 
(below 1000 ºC). The dependence of mixture specific heat capacity on temperature was 
taken into account by polynomial curve fitting from an available thermodynamic database. 
Mixture mass diffusivity was computed based on the kinetic theory, while its viscosity was 
calculated by using mixing law. 
 
2.3. Catalyst 
 
Several researchers have previously carried out one-dimensional simulations of the 
monolith; however, in this approach the effect of radial heat transfer was neglected [7, 8]. In 
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the current study, the monolith zone was considered as a porous media consisting of both 
gaseous and solid phases. Therefore axial and radial heat transfer in both phases was taken 
into account to achieve higher accuracy. The ratio of gas phase volume to total volume was 
defined as porosity and it was calculated to be 0.78. 
 
Heat conduction in the solid structure of the monolith redirects the heat to the upstream 
regions and contributes to further pre-heating of the reacting mixture. Based on the catalyst 
used by Lau et al. [12] a thermal conductivity of 2.25 W m-1 K-1 was estimated for the solid 
phase, which is a typical value for a ceramic monolith (e.g. cordierite and zirconium oxide). 
The catalyst active sites were made of rhodium and the site density (Γ) was assumed to be 
2.7 × 10-5 mol m-2. 
 
2.4. Reactants composition 
 
In the exhaust gas fuel reforming process the reactor inlet feed is a mixture of fuel and 
engine exhaust gas. This mixture is also used to utilise part of the exhaust gas energy and 
provide oxygen for the catalytic oxidation reactions. The exhaust gas composition used in 
this study is presented in Table 2. The biogas composition in this case consisted of 60% CH4 
and 40% CO2. The reactor inlet composition at different O2/CH4 ratios is also presented in 
Table 2. The inlet mixture temperature was set at 300 ºC for the entire test conditions, which 
is a typical diesel engine exhaust gas temperature.  The reactor inlet velocity was also 
calculated at different gas hourly space velocities based on Eq. 5. 
 
2.5. Reaction mechanism 
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Methane reforming kinetics is complex, even though the methane molecular configuration is 
the simplest of the hydrocarbons. As pointed out previously, four main global reactions 
contribute to the catalytic reformation of methane; however, for accurate kinetic modelling 
these reactions should be adapted into several elementary steps. In the case of 
heterogeneous reactions, the gas phase species are first adsorbed onto the catalyst surface 
and then the main reactions occur followed by desorption [13].  
 
In this study, a detailed kinetic model was used to simulate the reactions inside the monolith 
zone. The model, which includes a 38-step mechanism to describe the surface reactions, is 
presented in Table 3 [10]. This mechanism involves 6 gas phase species and 12 surface 
adsorbed species. 
 
On considering a reaction mechanism that includes PQ gas species, PR surface species and 
SR elementary reactions, the rate of depletion or creation of species T is calculated as: 
NE = ∑ UE,WSX,W ∏ ZK[\]^,_    @T = 1, … , PQ + PRB GbcGd[H!WdWH!      (10) 
 
Where U is the stoichiometric coefficient and K[, which is the molar concentration of species 
e, is defined as: 
ZK[\ = ΓΘ[          (11) 
 
Where Θ[ is the surface coverage of species e. SX,W (the forward reaction rate) is calculated 
by the modified Arrhenius equation based on the reactor’s local temperature: 
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SX,W = ghi_jk> l mnop q ∏ ΘErs,_jk> lts,_usop qGdEH!       (12) 
 
For species adsorption to the catalyst surface, the sticking coefficient was used to compute 
the rate coefficient as: 
SX,W = vwx y opz{_         (13) 
 
Volumetric gas phase reactions are also included; however, their contribution is insignificant 
due to the low operating pressure (atmospheric) [14]. The kinetics equations were coupled 
with the conservation equations in the solver to consider both chemical and physical 
processes simultaneously. 
 
2.6. Solver 
 
Commercial CFD package ANSYS Fluent 13.0 software (ANSYS Inc.) was used to perform 
the simulation. The segregated steady state solver was selected to numerically solve the 
conservation equations. Second order upwind discretization scheme was employed to 
reduce discrete errors and improve accuracy. However the PRESTO! scheme was used for 
pressure since it is more appropriate to use with a porous media model. Numerical model 
convergence was assured by monitoring the scaled residuals and temperature variations at 
a cell in the vicinity of the catalyst entrance, where considerable gradients occur. 
Convergence criteria were set at 10-5 for continuity and 10-6 for species concentration. 
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3. Results and discussions 
 
3.1. Model validation and characteristics 
 
The CFD model of biogas reforming was validated by comparison with the experimental 
study by Lau et al. [12]. Fig. 3(a) shows the comparison between the experiment, CFD 
model and equilibrium predicted gas composition at the reactor outlet. It was found that the 
equilibrium model overestimates the reaction rates and leads to higher hydrogen yield as 
some slow reactions might not reach their equilibrium state. The model proves to have a 
reasonable consistency with the empirical data. The discrepancy percentage between the 
measured data and the corresponding CFD prediction is 7.3% for H2, 3.5% for CH4, 15.9% 
for CO, and 3.4% for CO2. 
 
Fig. 3(b) demonstrates the temperature profile comparison between the predicted CFD 
model and experimental data along the catalyst length. As illustrated, the temperature 
increases rapidly close to the catalyst entrance due to the exothermic oxidation reactions. 
Endothermic dry and steam reforming reactions cause subsequent continuing temperature 
decrease, as they are much slower than POX [15]. The height, width and position of the 
temperature peak are associated with the reactor gas feed composition and operating 
conditions [16]. The predicted temperature profile is in an acceptable agreement with the 
measured data, while the maximum discrepancy of 10.6% occurs at the temperature peak. 
One potential reason for this is the insufficient accuracy of the thermocouples which were 
used in the experiment, particularly where there is a significant temperature gradient. 
Moreover, in the CFD model the inlet mixture was assumed to be homogenous and the 
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inhibition effect of the adsorbed species was neglected, which might affect some reaction 
rates. 
 
Fig. 4 shows the species concentration profile along the dimensionless length of the catalyst. 
Initial O2 and CH4 depletion is associated with catalytic oxidation reactions. CO2 
concentration is increased slightly close to the catalyst inlet, as it is a product of methane 
catalytic combustion. Within around 0.2 to 0.8 of the catalyst length the DRR, SRR and 
WGSR proceed gradually. Approximate thermodynamic equilibrium is reached at about 0.8 
of the monolith length, where a negligible concentration gradient is observed. These results 
are in good agreement with the literature [7, 17]. 
 
3.2. Effect of O2/CH4 ratio 
 
According to Lau et al. at low exhaust gas temperatures no reforming activity is observed 
[12]. The main reason is that the reactant enthalpy is insufficient to overcome the activation 
energy barrier of the reforming reactions. By providing O2 in the reactor feed an increase in 
the reactor temperature can be seen due to partial oxidation and catalytic combustion of 
methane near the catalyst entrance (when the reactor temperature is higher than the catalyst 
light-off temperature) [18]. As mentioned in Section 1, in this method part of the fuel energy 
is released to heat up the reactor and hence promote other reforming reactions. Since 
oxidation reactions are relatively fast (in the range of milliseconds) and are associated with 
high energy release, hot spots can potentially form inside the catalyst [19]. This effect might 
limit the catalyst’s performance and increase its deactivation. 
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Fig. 5 illustrates the temperature contour of the catalyst’s cross section at different O2/CH4 
ratios in the range 0.18 to 0.50. As shown in the figure, the temperature raises to a peak at 
about 0.14 of the catalyst bed length. Increasing the O2/CH4 ratio leads to a significant 
increase in the reactor peak temperature. Increased O2 concentration in the feed gas 
promotes the oxidation reaction rates and therefore more fuel energy is released as heat. It 
should be mentioned that complete O2 conversion was observed throughout all simulated 
operating conditions. By considering the reactor’s temperature profiles in Fig. 6, it can be 
concluded that higher temperature peaks are followed by more significant temperature drops 
and improved H2 and CO as will be discussed later; which are caused by accelerated dry 
and steam reforming reactions in addition to other heat transfer phenomena. 
 
The temperature, shape and position of the hot spot in the catalyst at various O2/CH4 ratios 
are illustrated in Fig. 5. In addition, the catalyst temperature contours at different gas space 
velocities are shown in Fig. 7. By comparing Figs. 5 and 7 it can be established that the 
maximum temperature of the hot spot is associated mainly with the O2/CH4 ratio, while its 
position and length is determined by the GHSV. Shi et al. argue that increasing monolith 
thermal conductivity (e.g. using a metallic monolith) decreases the hot spot temperature; 
however, the yield of hydrogen decreases to some extent [20]. 
 
3.3. Effect of GHSV 
 
The effect of the GHSV, which is directly related to the feed gas flow rate, on the 
temperature profile and reforming performance was investigated in the range 16,500 h-1 to 
34,500 h-1. As illustrated in Fig. 8, increasing the GHSV shifts the position of the peak 
temperature downstream of the catalyst. Although the maximum hot spot temperature 
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remains the same, the average catalyst temperature is slightly higher at elevated flow rates 
due to a more uniform temperature distribution. It was seen that the feed gas temperature at 
the catalyst inlet is lower at higher GHSV values; since the flow has less time to gain heat in 
the upstream heat-up zone. Nevertheless a similar peak of temperature compared to lower 
space velocities is still reached further down the catalyst at around Z/L=0.2 as fast partial 
oxidation reaction is still taking place and is only affected by the O2/CH4 ratio. Consequently, 
it was found that the initial temperature increase is slightly promoted by increasing the gas 
space velocity. This is caused mainly by improved transport of reactants to the catalyst 
active sites at higher velocities which leads to promoted oxidation reactions [16]. 
 
The effect of the GHSV on the final composition of the reactor can be seen by comparing 
Fig. 9(a) and (b). It was observed that increasing feed gas space velocity results in a lower 
hydrogen yield within all simulated O2/CH4 ratios. It should be noted that by increasing the 
GHSV from 16,500 h-1 to 32,500 h-1, the residence time decreases from 0.22 s to 0.11 s (Eq. 
5). Therefore the gas phase species do not have enough time to adsorb on the catalyst 
surface and the reactions are controlled by mass transport phenomena [21]. This effect has 
considerable adverse influence on DRR and SRR, since they are relatively slow processes 
and require adequate time to proceed. 
 
3.4. Reforming process efficiency 
 
The overall reforming efficiency was defined as the ratio of the reformed gas chemical power 
to the feed biogas power: 
|
% = ~ ~  × 100%        (14) 
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Where  X and   are the mass flow rates (kg/s) of the feed gas and product gas, 
respectively. LHV is the lower heating value of the combustible species and is equal to 50.0 
MJ/kg for CH4, 120.9 MJ/kg for H2 and 10.1 MJ/kg for CO. It should be noted that reforming 
efficiency can exceed 100%, as part of the exhaust gas energy is recovered. 
 
The methane conversion was also defined as: 
CHConversion 
% =          × 100     (15) 
 
As shown in Fig. 10(a), by increasing O2 concentration the reforming efficiency decreases by 
approximately 15%, even though more hydrogen with higher LHV is produced at elevated 
O2/CH4 ratios. This decrease is associated mainly with methane catalytic combustion, which 
is more likely to occur at higher temperatures. On the other hand, Fig. 10(b) illustrates that 
methane conversion is directly dependent on the O2/CH4 ratio; since more methane oxidises 
due to the higher oxidant level (O2 concentration) in feed gas [22]. Moreover, an elevated 
reactor temperature (caused by exothermic oxidation reactions) enhances the reforming 
reaction rate and consequently converts more methane into synthetic gas. By decreasing 
GHSV to 16,500 h-1 the reforming efficiency and methane conversion is slightly increased 
due to the promoted DRR and SRR, as discussed earlier in Section 3.3 [23, 24]. 
 
4. Conclusions 
 
In this study, a CFD model for biogas reforming on a rhodium monolith was developed and 
validated using experimental data by Lau et al. The catalyst zone was considered as a 
porous media and a detailed kinetic model was adapted. Adequate consistency was found 
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between CFD prediction and experimental measurement in terms of product gas 
composition and reactor temperature profile. The model was then used to investigate various 
operating conditions of an REGR system to upgrade biogas on-board.  
 
The results imply that the reactor’s maximum local (hot spot) temperature is highly 
dependent on the O2/CH4 ratio; while GHSV affects the position and length of the hot spot. It 
was also concluded that for automotive applications increasing the O2/CH4 ratio is beneficial 
to trigger exothermic oxidation reactions that can promote biogas reforming when the 
exhaust gas temperatures are low. Furthermore, a trade-off was observed in increasing the 
GHSV, where a fast partial oxidation reaction were enhanced due to improved transfer 
phenomena to active sites and slow steam and dry reactions was limited due to lower 
residence time. This study shows that with a sophisticated control over parameters such as 
O2/CH4 ratio, GHSV and inlet temperature, biogas can be implemented in an REGR system 
to generate hydrogen enriched gas for IC engine emissions control. This work can be 
extended for a deeper understanding of intermediate species effect on surface reactions 
(e.g. inhibition, promotion). 
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Nomenclature 
A pre-exponential factor 
CFD computational fluid dynamics 
 specific heat capacity, J kg-1 K-1 
DRR dry reforming reaction 
A activation energy, J mol-1 
? body forces, N 
GHSV gas hourly space velocity, h-1 
GTL gas to liquid 
ℎE enthalpy of species T, J kg-1 
IMEP indicated mean effective pressure 
FE mass diffusion flux of species T, kg m-2 s-1 
S thermal conductivity, W m-1 K-1 
S,S forward reaction rate of reaction S, mol m-2 s-1 
 total number of surface reactions 
LHV lower heating value, J kg-1 
  mass flow rate, kg s-1 
T molecular weight of species T, kg mol-1 
PQ total number of gas phase species 
PR total number of surface adsorbed species 
p pressure, Pa 
POX partial oxidation reforming 
N universal gas constant, J K-1 mol-1 
NT depletion/creation rate of species T, mol m-2 s-1 
R-EGR reformed exhaust gas recirculation 
Iℎ enthalpy source term, J kg-1 
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IT species source term, mol 
SRR steam reforming reaction 
  time, s 
h temperature, K 
< velocity, m s-1 
WGSR water gas shift reaction 
KE molar concentration of species T, mol m-3 
Greek symbols 
¡ temperature exponent 
¢ sticking coefficient 
Γ site density, mol m-2 
£ coverage correction energy, J mol-1 
Θ surface coverage fraction 
; density, kg m-3 
¤ number of sites occupied by species 
UE,W stoichiometric coefficient  of species T in reaction S 
¥ coverage exponent 
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Table 1 – Operating conditions for biogas reforming 
Table 1 – Operating conditions for biogas reforming 
Parameter Conditions 
GHSV (h-1) 
O2/CH4 molar ratio 
16,500 
0.18 
25,500 
0.25 
32,500 
0.37 0.50 
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Table 2 – Reactor inlet composition (molar %) 
Table 2 – Reactor inlet composition (molar %) 
Species Exhaust gas 
O2/CH4 ratio 
0.18 0.25 0.37 0.50 
CH4 
CO2 
O2 
H2O 
N2 
0 
5.56 
13.47 
5.23 
75.74 
33.30 
24.67 
5.99 
2.32 
33.70 
28.38 
21.85 
7.09 
2.75 
39.90 
22.65 
18.56 
8.38 
3.25 
47.13 
18.59 
16.23 
9.29 
3.60 
52.27 
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Table 3 – Surface reaction mechanism [10] 
 
  
Table 3 – Surface reaction mechanism [10] 
 A (cm, mol, s) Ea (kJ mol-1) 
1. Adsorption   
H + Rh
$ + Rh
$ → H
$ + H
$ 1.00 × 10-02 s.c.a O + Rh
$ + Rh
$ → O
$ + O
$ 1.00 × 10-02 s.c.a CH + Rh
$ → CH
$ 8.00 × 10-03 s.c.a HO + Rh
$ → HO
$ 1.00 × 10-01 s.c.a CO + Rh
$ → CO
$ 1.00 × 10-05 s.c.a CO + Rh
$ → CO
$ 5.00 × 10-01 s.c.a 
2. Desorption   
H
$ + H
$ → Rh
$ + Rh
$ + H 3.00 × 1021 77.8 O
$ + O
$ → Rh
$ + Rh
$ + O 1.30 × 1022 355.2 HO
$ → HO + Rh
$ 3.00 × 1013 45.0 CO
$ → CO + Rh
$ 3.50 × 1013 133.4 CO
$ → CO + Rh
$ 1.00 × 1013 21.7 CH
$ → CH + Rh
$ 1.00 × 1013 25.1 
3. Surface reactions   
H
$ + O
$ → OH
$ + Rh
$ 5.00 × 1022 83.7 OH
$ + Rh
$ → H
$ + O
$ 3.00 × 1020 37.7 H
$ + OH
$ → HO
$ + Rh
$ 3.00 × 1020 33.5 HO
$ + Rh
$ → H
$ + OH
$ 5.00 × 1022 104.7 OH
$ + OH
$ → HO
$ + O
$ 3.00 × 1021 100.8 HO
$ + O
$ → OH
$ + OH
$ 3.00 × 1021 171.8 C
$ + O
$ → CO
$ + Rh
$ 3.00 × 1022 97.9 CO
$ + Rh
$ → C
$ + O
$ 2.50 × 1021 169.0 CO
$ + O
$ → CO
$ + Rh
$ 1.40 × 1020 121.6 CO
$ + Rh
$ → CO
$ + O
$ 3.00 × 1021 115.3 CH
$ + Rh
$ → CH§
$ + H
$ 3.70 × 1021 61.0 CH§
$ + H
$ → CH
$ + Rh
$ 3.70 × 1021 51.0 CH§
$ + Rh
$ → CH
$ + H
$ 3.70 × 1024 103.0 CH
$ + H
$ → CH§
$ + Rh
$ 3.70 × 1021 44.0 CH
$ + Rh
$ → CH
$ + H
$ 3.70 × 1024 100.0 CH
$ + H
$ → CH
$ + Rh
$ 3.70 × 1021 68.0 CH
$ + Rh
$ → C
$ + H
$ 3.70 × 1021 21.0 C
$ + H
$ → CH
$ + Rh
$ 3.70 × 1021 172.8 CH
$ + O
$ → CH§
$ + OH
$ 1.70 × 1024 80.3 CH§
$ + OH
$ → CH
$ + O
$ 3.70 × 1021 24.3 CH§
$ + O
$ → CH
$ + OH
$ 3.70 × 1024 120.3 CH
$ + OH
$ → CH§
$ + O
$ 3.70 × 1021 15.1 CH
$ + O
$ → CH
$ + OH
$ 3.70 × 1024 158.4 CH
$ + OH
$ → CH
$ + O
$ 3.70 × 1021 36.8 CH
$ + O
$ → C
$ + OH
$ 3.70 × 1021 30.1 C
$ + OH
$ → CH
$ + O
$ 3.70 × 1021 145.5 
a
 Value of sticking coefficient 
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Figure captions 
Fig. 1 - R-EGR diagram. 
Fig. 2 - Reactor schematic geometry. 
Fig. 3 - Model validation at O2/CH4=0.5 and GHSV=25,500 h-1 (a) reactor outlet composition 
(b) temperature profile. 
Fig. 4 - Average species mole fraction profiles along the catalyst length at O2/CH4=0.5 and 
GHSV=25,500 h-1. 
Fig. 5 - Temperature contours of the catalyst cross section at GHSV=25,500 h-1 (a) 
O2/CH4=0.18 (b) O2/CH4= 0.25 (c) O2/CH4=0.37 (d) O2/CH4=0.5. 
Fig. 6 - Temperature profiles along the catalyst length at GHSV=25,500 h-1 and various 
O2/CH4 ratios. 
Fig. 7 - Temperature contours of the catalyst cross section at O2/CH4=0.37 (a) 
GHSV=16,500 h-1 (b) GHSV=25,500 h-1 (c) GHSV=32,500 h-1. 
Fig. 8 - Temperature profiles along the catalyst length at O2/CH4= 0.37 and various GHSV. 
Fig. 9 - Reactor product gas composition (a) GHSV=16,500 h-1 (b) GHSV=25,500 h-1. 
Fig. 10 - (a) Reforming efficiency (b) methane conversion at different O2/CH4 ratios and 
GHSV. 
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Fig. 2 
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Fig. 3 
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Fig. 4 
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Fig. 5 
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Fig. 6 
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Fig. 7 
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Fig. 8 
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Fig 9 
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Fig. 10 
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